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In batch gas antisolvent (GAS) recrystallization, the gradual addition of CO2 to a liquid solution
containing the solute causes the system pressure to rise and the volume of the liquid phase to
expand substantially, eventually resulting in solute precipitation. The expansion rate depends
on the rate of antisolvent addition and on the vapor-liquid mass-transfer rate and determines
the rate of supersaturation buildup in solution, which ultimately controls the particle formation
process. We study the effect of mass-transfer resistance on volume expansion, both theoretically
by development of a mathematical model of the mass-transfer phenomena under typical GAS
recrystallization conditions and experimentally through volume expansion experiments (CO2
in toluene) to assess the role of operating parameters such as stirring rate and aeration mode.
A satisfactory agreement between model results and experimental data is achieved in all cases.

1. Introduction

Fine particles are of practical interest in many
industrial applications and their formation has received
a lot of attention in the scientific literature in the past
decade. Compounds of interest include dyes, explosives,
salts, superconductor precursors and catalysts, phar-
maceuticals, polymers, and microcapsules/coatings con-
taining pharmaceuticals and biopolymers. Crystalliza-
tion is one of the most widely used physical processes
to produce fine particles. Supersaturation of the solute
in a solution is the driving force for nucleation and
growth of the solute. One possibility to crystallize a
solute from solution is the addition of an antisolvent,
which reduces the solubility of the solute in the solvent.
The antisolvent should be miscible with the solvent but
should not dissolve the solute. The solvent and anti-
solvent should preferably be separable by a simple low-
cost process that could, in principle, allow both to be
reused. Solvents and antisolvents used in industrial
crystallization processes are predominantly liquids at
ambient pressure. After the crystallization step, it is
therefore necessary to separate the solid particles from
the liquid solvent by filtration, washing, and drying
steps, which consume a lot of time and energy, thus
generating high costs. Strict limitations imposed by the
pharmaceutical industry on residual organic solvent
contaminations in products have consequently intensi-
fied the research on novel particle formation techniques
that minimize the residual solvent content.

Several supercritical fluid based processes have been
proposed as alternative particle formation routes. These
processes make use of the unique characteristics and
solvent properties of supercritical fluids. In addition to
the environmentally benign character of carbon dioxide,
which is the most commonly used supercritical solvent

and antisolvent, these processes can benefit from the
tunability of the solvent power by variation of pressure
and/or temperature and from favorable properties such
as relatively low viscosities coupled with high diffusivi-
ties. Proposed processes include rapid expansion of
supercritical solutions (RESS), precipitation with com-
pressed antisolvent (PCA), and gas antisolvent (GAS)
recrystallization. Numerous practical applications of
these processes to the production of micro- and nano-
particles have been reported in the literature and
recently reviewed.1-4

The main difference between the RESS process and
the PCA or GAS processes is the function of the
supercritical fluid. Whereas the supercritical fluid is
used as a solvent for the solute in the RESS process, it
is used as an antisolvent in PCA and GAS. Conse-
quently, when the appropriate solvent is chosen, PCA
and GAS may circumvent the drawback of an often
insufficient solubility of many organic substances of
practical interest in dense gases such as carbon dioxide.

In the batch GAS process, on which we focus our
study, the solute is initially solubilized in a conventional
organic solvent that should be completely miscible with
the dense gas. Upon gradual addition of CO2 to the
solution, a volumetric expansion of the liquid occurs
which causes a reduction of the solvent power and thus
the precipitation of the dissolved solute. In this batch
process, the volumetric liquid expansion profile as a
function of the process time determines the rate of
supersaturation buildup in the solution, thus influenc-
ing the nucleation and growth rates. The volumetric
liquid expansion profile is a function of the operating
temperature, the pressure profile, the type of solvent
and antisolvent, and the stirring power input.

Müller and co-workers have studied the effect of
process parameters on particle size in the precipitation
of a pharmaceutical intermediate from an organic
solvent using CO2 as the antisolvent and reproducibly
showed that the addition rate of the antisolvent has the
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strongest impact on the mean particle size of the solid
product.5 The key point is, therefore, how fast the
antisolvent is added to the solution, which depends on
both the antisolvent addition rate and the mass-transfer
rate in the precipitation vessel.

To date, mathematical modeling of GAS recrystalli-
zation reported in the literature has primarily addressed
phase equilibrium thermodynamics.6-12 Among these
studies, Dixon and Johnston6 used an expanded liquid
equation of state based on the Peng-Robinson equation
of state (PR-EOS) to describe solubilities of phenan-
threne and naphthalene in CO2-expanded toluene over
a range of pressures at 25 °C. Kikic and co-workers have
thoroughly analyzed three-phase equilibria in binary
and ternary systems for application in all of the above-
mentioned particle formation processes.8 Although the
thermodynamics of the GAS process has received a lot
of attention in the scientific literature, the overall
process is considerably more complex, involving mixing,
mass transfer, nucleation and growth. Recently, a model
for the GAS process has been presented, which accounts
for solution thermodynamics and particle formation and
growth.13 The model describes and explains the effect
of the antisolvent addition rate on the average particle
size and the particle size distribution. The two critical
assumptions of the model are that the vapor and liquid
phases attain phase equilibrium instantaneously upon
antisolvent addition (i.e., there is no mass-transfer
resistance) and that they are homogeneous (i.e., mixing
is infinitely fast). Such assumptions are, of course, not
always realistic, particularly if large antisolvent addi-
tion rates are adopted in order to obtain very small
nano- and microparticles.5,13,14 To date, a few papers
have addressed the issue of mass-transfer limitations
in the case of the PCA process.9,15,16 Among these, the
only work relevant to the GAS process is that by
Werling and Debenedetti, where conditions that are
supercritical with respect to the pure antisolvent but
subcritical with respect to the solvent-antisolvent
mixture, as in our case, are considered.15

The objective of this work is to study both experimen-
tally and theoretically the effect of mass-transfer resis-
tance on the volume expansion process that occurs
during GAS recrystallization. Here, we retain the as-
sumption of instantaneous mixing in the liquid and
vapor phases to focus our attention on the mass-transfer
mechanism. First, we develop a model for the mass-
transfer phenomena in a GAS process; this includes the
use of correlations based on dimensionless groups to
predict the volumetric mass-transfer coefficient (section
2 of the paper). Then, we present complementary
volume expansion experiments where the effect of
different operating conditions is studied using a newly
constructed experimental setup (section 3). Finally, the
model parameters appearing in the correlations for the
mass-transfer coefficient are estimated by fitting the
experimental results. It is worth noting that the whole
study is carried out in the absence of the solute, i.e., in
the absence of solid formation. This is motivated by the
need to simplify the description of the rather complex
GAS process and to break down the whole system into
its constitutent elements, in a way that is consistent
with previous related studies.15,16 Moreover, this is
justified by the fact that the solute, which is typically
present in very dilute concentrations, as well as the
newly formed particles plays a minor role in the mass
transfer.

2. Theoretical Background

2.1. Model Equations. In this study, the analysis of
the mass transfer between the gas and liquid phases
under typical GAS recrystallization operating conditions
is carried out using time-dependent material balances
and an equation of state for the calculation of thermo-
dynamic equilibria. Our attention focuses on the sub-
critical region; i.e., the mixture of solvent and antisol-
vent is below its critical pressure at the given temp-
erature. At these conditions, the mixture is in the two-
phase region, and an interface exists between the
solvent-rich liquid phase and the antisolvent-rich vapor
phase. Model assumptions are as follows.

Toluene was chosen as the solvent, and carbon dioxide
was used as the antisolvent in the experimental part of
this study. This binary pair has been considered exten-
sively with respect to phase equilibrium8,9,17 and also
employed during particle formation experiments using
the GAS process.18,19

Because in a typical GAS recrystallization experiment
the amount of solute is significantly smaller than the
combined amounts of solvent and antisolvent at all
times, the effect of the solute on mass transfer is
assumed to be negligible. Both the liquid (L) and the
vapor (V) phases in the reactor are assumed to be well
mixed; i.e., temperature, pressure, and composition in
both bulk phases are uniform. Their holdups, i.e., the
overall number of moles, are indicated by NL and NV
and their compositions by the mole fractions xk and yk
(k ) A and S), respectively.

Temperature is assumed to be constant throughout
the volume expansion process, which is a reasonable
assumption given that the pressure vessel features
suitable temperature control and mixing.

Let us now consider the semibatch pressure vessel
with a given overall volume, V, illustrated in Figure 1.
The organic solvent (species S) is loaded into the vessel
initially. The antisolvent (species A) is then fed through
the single inlet port at a constant rate, QA. Upon
antisolvent addition, the volume of the liquid phase
expands, until the volume of the liquid phase reaches a
prescribed final value or the vessel is completely filled
with liquid. Following this step, the system is kept
closed and allowed to reach thermodynamic equilibrium.

The interphase mass transport rates of the antisol-
vent and solvent are characterized by the molar fluxes,
nA and nS in Figure 1, which are taken as positive
quantities when transfer is from the liquid to the vapor
phase, and by the interfacial area, A.

Figure 1. Schematic representation of the volumetric expansion
of an organic solvent upon the addition of a gaseous antisolvent.
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On the basis of the foregoing assumptions, the mate-
rial balances describing the system are written as
follows:

Following antisolvent addition, mass transfer occurs
as follows: toluene evaporates from the bulk liquid
phase, i.e., nS > 0, while carbon dioxide is absorbed in
the bulk liquid phase, i.e., nA < 0. In a typical experi-
ment, the carbon dioxide antisolvent evolves from a
dilute fluid to a dense fluid with time. The solubility of
compressed CO2 in toluene is rather high, and the
solubilization of increasing amounts of antisolvent alters
the liquid-phase density substantially. The changes in
liquid density induce corresponding changes in the
liquid volume. Hence, both mass-transfer fluxes may be
treated as the sum of a diffusional contribution and a
bulk (i.e., convective) contribution,20 written as

The superscript i indicates the interface under equilib-
rium conditions. The mole fraction of carbon dioxide in
the liquid phase may be as high as 0.95 at high
volumetric expansions, and the mass-transfer rate is
also high. Thus, the mass-transfer coefficients in the
linear driving force model used in eqs 5 and 6, i.e., kL

/

and kV
/ , are modified mass-transfer coefficients, in-

cluding their dependence on the mass-transfer rate.
Based on two-film theory, the explicit expression for
these in terms of the mass-transfer coefficients under
dilute conditions, i.e., kL and kV, are obtained:20

where kL ) δL/DL and kV ) δV/DV, with δL and δV
denoting the liquid and vapor film thicknesses and DL
and DV representing the liquid and vapor phase binary

diffusion coefficients, respectively. When eqs 7 and 8 are
incorporated, eqs 5 and 6 are recast as

Equations 1-4, 9, and 10 are the material balances
and the mass-transfer equations for the system under
consideration. These involve the following unknowns:
NL, NV, nA, nS, xA, yA, cL, cV, p, xA

i , yA
i . The five

remaining equations are obtained by first enforcing the
overall volume constraint of the vessel, i.e.,

where vL ) 1/cL and vV ) 1/cV are the molar volumes of
the two phases. Second, the PR-EOS with quadratic
mixing rules using a single binary interaction parameter
is employed to correlate molar volume, composition,
pressure, and temperature in the two phases.21

The parameters in the last equation are computed as
a function of the temperature and composition of the
relevant phase as

The parameters ai and bi are pure-component param-
eters, and kij and lij are the binary interaction param-
eters taken from the literature (in this case lij ) 0).17

The remaining two equations missing are provided
by the isofugacity relationships for the solvent and
antisolvent at the interface and at the temperature T
and pressure p of the system:

The fugacity coefficients are calculated as before using
the PR-EOS of eq 12 (together with eqs 13-16), which
are applied now at the interface conditions, i.e., using

d(NLxA)
dt

) -nAA (1)

d(NVyA)
dt

) nAA + QA (2)

dNL

dt
) -(nA + nS)A (3)

dNV

dt
) (nA + nS)A + QA (4)

nA ) xA
i (nA + nS) - kL

/cL(xA
i - xA) (5)

nS ) yS
i (nA + nS) + kV

/ cV(yS
i - yS) (6)

kL
/ )

nA + nS

cL

1 - exp[-
nA + nS

kLcL
]

(7)

kV
/ )

nA + nS

cV

exp[nA + nS

kVcV
] - 1

(8)

1 +
xA

i - xA

nA

nA + nS
- xA

i
) exp[-

nA + nS

kLcL
] (9)

1 +
yS

i - yS

nS

nA + nS
- yS

i
) exp[nA + nS

kVcV
] (10)

V ) NLvL + NVvV (11)

p ) RT
vR - bR

-
aR(T)

vR(vR + bR) + bR(vR - bR)
(R ) L and V) (12)

aR ) ∑
i
∑

j

zi,Rzj,Raij(T) (13)

aij ) xai(T) aj(T)(1 - kij) (14)

bR ) ∑
i
∑

j

zi,Rzj,Rbij (15)

bij )
bi + bj

2
(1 - lij) (16)

pxA
i æA,L ) p(1 - yS

i )æA,V (17)

p(1 - xA
i )æS,L ) pyS

i æS,V (18)
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the interface composition of the two phases. This yields
two interface values of the molar volumes, i.e., vL

i and
vV

i , that are used in the following equation that gives
the fugacity coefficient of component k in the R phase
side of the interface:

It is worth noting that, in eq 19, the parameters given
by eqs 13 and 15 are computed using the interface
compositions and are indicated as aR

i and bR
i accord-

ingly.
2.2. Simplified Model Equations. To accurately

predict the mass-transfer fluxes, the mass-transfer
coefficients, kL and kV, as well as the gas-liquid
interfacial area, A, need to be determined. The calcula-
tion of the gas- and liquid-side mass-transfer coefficients
is generally rather complex. However, in problems
associated with gas-liquid mass transfer, the volumet-
ric mass-transfer coefficients kLa and kVa, where a is
the specific interfacial area a ) A/VL, can usually be
obtained more easily than the mass-transfer coefficients
themselves.

Calculations using an equilibrium model reveal that
the flux of the solvent from the liquid to the gas phase,
nS, is always negligible compared to the flux of CO2 into
the liquid phase, nA. This behavior is highlighted in
Figure 2, where the absolute values of nA and nS are
plotted against time at an intermediate antisolvent
addition rate of 10 g/min and assuming instantaneous
equilibration. The same conclusion holds when the
calculation is repeated using the mass-transfer model
presented above and typical values for the model
parameters, i.e., diffusivity and thickness of the bound-
ary layer. Therefore, we make the simplifying assump-
tion that nA ≈ nA + nS and use eq 9 to calculate nA.

Substituting this expression into eqs 1-4 yields the
following set of four simplified equations:

Hence, the group kLa is the only parameter in eqs 20-
23 that cannot be directly calculated. It is, therefore,
convenient to regressively obtain the value of kLa from
experimental data and use this information to predict
the gas-liquid mass transfer in a new system. It is
worth noting that once nA is determined, eq 10 can be
used to estimate nS, provided that a value of kVa is
available.

Figure 3 illustrates typical results that are obtained
using the mathematical model. Specifically, we analyze
the effect of the mass-transfer efficiency on pressuriza-
tion, volume expansion, and antisolvent transfer to the
liquid phase during a typical pressurization operation.
Four simulations are reported in Figure 3, correspond-
ing to increasing mass-transfer rates, i.e., increasing
values of the kLa parameter, namely, from 0.005, 0.01,
and 0.03 s-1 (solid lines) to infinity (dashed line), i.e., a
simulation carried out assuming instantaneous equili-
bration of the two phases upon antisolvent addition (cf.
ref 13 for details about the equilibrium model). All of
the other parameters and the operating conditions are
the same in the four simulations. Further, for the sake
of simplicity, kLa is kept constant during expansion; this
questionable assumption is removed in the simulations
presented in the next section.

Figure 3a shows how pressure builds up in the vessel,
by steeply increasing at the beginning and flattening
out in the second part of the expansion. In contrast, the
liquid volume illustrated in Figure 3b increases more
slowly at the beginning, increasing linearly during the
second half of the expansion. Notice that in this case
the simulation is carried out until the volume of the
expanded phase is slightly less than three-fourths of the
total volume of the vessel. Both the antisolvent liquid
mole fraction in Figure 3c and its mass-transfer flux in
Figure 3d exhibit a more complex time evolution, which
features one or two inflection points.

As to the effect of the mass-transfer resistance, it
should be intuitively obvious that when the transfer of
the antisolvent to the liquid phase is hindered (i.e., as
kLa decreases), the increase of the volume and liquid
antisolvent mole fractions is slowed, while the pressure
rise in the vessel speeds up. The results in Figure 3
clearly illustrate this effect and show that the larger
the mass-transfer resistance, i.e., the smaller the pa-
rameter kLa, the larger the pressure and the smaller
the liquid volume, the liquid antisolvent mole fraction,
and the antisolvent mass-transfer flux, during the first
part of the expansion. In the second part of the expan-
sion, all curves in parts a-c of Figure 3 asymptotically

Figure 2. Absolute values of the mass-transfer fluxes of an
antisolvent, nA, and a solvent, nS, at equilibrium conditions.
Operating conditions: T ) 293.15 K; QA ) 10 g/min; 50 g of solvent
initially loaded into the vessel.

ln æk,R )
bk

bR
i (pvR

i

RT
- 1) - ln

p(vR
i - bR

i )

RT
-

aR
i (T)

2x2bR
i RT

[2∑j

zj,R
i aik

aR
i

-
bk

bR
i ] ln

vR
i + (1 + x2)bR

i

vR
i + (1 - x2)bR

i

(k ) A and S; R ) L and V) (19)

d(NLxA)
dt

) kLaNL ln(1 - xA

1 - xA
i ) (20)

d(NVyA)
dt

) -kLaNL ln(1 - xA

1 - xA
i ) + QA (21)

dNL

dt
) kLaNL ln(1 - xA

1 - xA
i ) (22)

dNV

dt
) -kLaNL ln(1 - xA

1 - xA
i ) + QA (23)
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approach the equilibrium curve, whereas the mass-
transfer flux in Figure 3d exhibits a crossover, after
which this quantity is larger for smaller values of kLa.

2.3. Correlations for the Volumetric Mass-Trans-
fer Coefficients. We consider two main ways of
introducing CO2 into the liquid phase: surface aeration,
where the gaseous antisolvent is entering the pressure
vessel from the top, i.e., through the vapor phase, and
bubbling aeration, where CO2 is introduced to the vessel
as bubbles within the liquid phase. Among the empirical
correlations available in the literature, the one by Wu22

for surface aeration, i.e.,

and the one by Schlüter and Deckwer23 for bubbling
aeration, i.e.,

have been selected and used after correcting them with
the VL/V term. Such a term has been introduced to
account for the effect of the stirrer position in the liquid
phase on mass transfer, i.e., its distance from the liquid
surface.22 This is particularly important in our system,

where the liquid phase undergoes a significant expan-
sion of up to a few hundred percent, causing the relative
position of the stirrer and liquid surface to change
significantly during an experiment.

In the two equations above, c1, c2, c3, and c4 are
adjustable parameters; g is the standard gravity, with
units chosen so as to make all groups dimensionless;
qG is the volumetric gas flow rate that corresponds to
the antisolvent addition rate, QA, given as a mass flow
rate. The viscosity of the liquid phase, νL, in the above
correlations is calculated from the viscosities of the pure
solvent and antisolvent using the following mixing
rule:24,25

where the dynamic viscosity of the liquid phase is ηL )
νLFL. Mass fraction is preferable to mole fraction in the
mixing rule,19 and the dynamic viscosity of the solvent
at the operating pressure may be extrapolated from
atmospheric pressure using a correction factor proposed
by Lukas.24,26 The viscosity of carbon dioxide is calcu-
lated with a method proposed by Knaff and Schlünder.27

The liquid density FL follows from the molar concentra-
tion cL and the liquid-phase composition.

The power number depends on the geometry of the
impeller, according to, for example, the following equa-

Figure 3. Application of the mass-transfer model to pressurization simulations and comparison with equilibrium model predictions.
The equilibrium model results are represented by the dashed lines. Operating conditions: QA ) 10 g/min; Tset ) 293.15 K; 50 g of toluene
loaded initially. The kLa values used in the simulations are kLa ) 0.005, 0.01, and 0.03 s-1: (a) pressure, p; (b) liquid-phase volume, VL;
(c) antisolvent mole fraction in the liquid phase, xA; (d) absolute value of the antisolvent mass-transfer flux, |nA|.

kLa(νL

g2)1/3

) c1[ P/VL

FL(νLg4)1/3]c2[VL

V ]c3

(24)

kLa(νL

g2)1/3

) c1[ P/VL

FL(νLg4)1/3]c2[VL

V ]c3[qG

VL
(νL

g2)1/3]c4

(25)

ln ηL ) ∑
i

wi,L ln ηi,L (26)
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tion that applies to baffled tanks with stirrer paddles
inclined at an angle Θ:28

On the left-hand side of eq 27, P is the power input, N
the agitator speed, and d the agitator diameter. On the
right-hand side of eq 27, HL denotes the height of the
liquid phase from the bottom of the vessel, TV the vessel
diameter, and W the width of the agitator blades. The
parameters A, B, and C are calculated from the follow-
ing set of equations:

The Reynolds number, ReΘ, is given by the following
function of the critical Reynolds number, Rec:

where Rec is

The numerical values of the parameters obtained from
eqs 28-32 are summarized in Table 1 for our specific
geometry.

It is worth noting that the dependence of kLa on
pressure has been extensively studied in the literature.
Phillips29 has reported a decrease of kLa with increasing
pressure, whereas Albal and co-workers as well as
Teramoto and co-workers have observed no dependence
of kLa on the pressure for various gas-liquid sys-
tems.30,31 In this investigation, we account for the effect
of pressure on kLa through the effect of pressure on the
viscosity of the liquid solution and through the change
of volume induced by the addition of antisolvent.

3. Experimental Section

3.1. Experimental Setup. A scheme of the experi-
mental setup used in this work is shown in Figure 4.
Carbon dioxide from a dip tube cylinder (CO2) was

Figure 4. Experimental setup for GAS recrystallization. Details are provided in the text.

Table 1. Numerical Values of the Model Parameters
Calculated in Equations 28-32 and Used in Equation 27

A 146.76 Rec 10.18
B 3.56 ReΘ 151.15 (Θ ) 45°)
C 0.47

Rec ) 25
TV

W ( d
TV

- 0.4)2

+ [ W/TV

0.11(W/TV) - 0.0048]
(32)

P
FLN3d5

) A
ReΘ

+

B(103 + 1.2ReΘ
0.66

103 + 3.2ReΘ
0.66)C(HL

TV)0.35+W/TV

(sin Θ)1.2 (27)

A ) 14 + W
TV[670( d

TV
- 0.6)2

+ 185] (28)

B ) 10[1.3-4(W/TV-0.5)2-1.14(d/TV)] (29)

C ) 1.1 + 4W
TV

- 2.5( d
TV

- 0.5)2
- 7(W

TV
)2

(30)

ReΘ ) 104(1-sinΘ)Rec (31)
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initially subcooled and pressurized in the compressor
unit P1. Two volumetric piston pumps were operated
alternatingly (nICR1, nICR2, pneumatically driven
high-pressure valves PV1-PV4) by the pump control
system (P2), yielding a minimum of pulsations in the
CO2 flow. The piston pumps were driven by two speed-
regulated, direct current, electric motors (M1 and M2),
and an additional pulse dampening volume (PD) was
mounted in the outlet tubing. The nominal pressure in
the feeding section was controlled by a temperature-
controlled, automated backpressure regulator (BPR1).
In fact, constant mass flux delivery to the 400-mL high-
pressure vessel (V1) was achieved by maintaining the
temperature and pressure in the feed line constant. The
pressure (electronic pressure transducer: PIR1), as well
as the antisolvent flow rate and temperature (Coriolis-
type mass flowmeter equipped with a Pt100 tempera-
ture sensor: FIR, TIR) in the feed line, was measured
continuously and recorded. An automated feeding sys-
tem control (PV5 and PV6) was used to switch from
venting carbon dioxide (two-step expansion procedure:
BPR2, PRV1, PI3, PI4) to feeding the pressure vessel
(V1) after the desired flow rate was sufficiently stable.
It is worth noting that carbon dioxide was brought to
the operating temperature prior to entering the vessel
in order to exclude any heat effects (TIC2 and TI).

Feeding was accomplished in two different modes:
surface aeration (i.e., carbon dioxide entered the vessel
from the top) and bubbling aeration (i.e., carbon dioxide
was introduced to the vessel from the bottom through
a dip tube). The jacketed, temperature-controlled (TICR)
vessel (V1) shown in Figure 5 was equipped with a
magnetically coupled stirrer (nICR3 and M3), with two
six-bladed 45°-pitched paddles. This type of stirrer has
been shown to be most efficient for solid suspensions,32

particularly in cylindrical vessels where the liquid level

rises during operation, as it is in our case. It should be
noted that eqs 24 and 25, originally developed for single-
paddle stirrers, are used here for this two-paddle stirrer.

Volumetric expansion of the liquid phase with in-
creasing CO2 content could be visually observed through
a lengthwise Pyrex window (H ≈ 120 mm), and the
interior of the vessel was illuminated with a cold light
source. The pressure (electronic pressure transducer:
PIR2, additional pressure indicator PI5) and tempera-
ture (Pt100 temperature sensor; TICR) in the vessel
were measured and recorded continuously. The fluid
mixture leaving the vessel after the experiment was
heated to approximately 60 °C (TIC3) and depressurized
in two steps (BPR3, PRV2, PI6, PI7) in order to avoid
clogging of the valves and of the downstream lines
through the formation of dry ice. The organic solvent
was recovered from the fluid mixture in the solvent
recovery unit (S1). The entire experimental facility, i.e.,
feeding line, pressure vessel, and downstream line, was
equipped with multiple safety valves (SV) and rupture
disks (RD). Data were acquired at a sampling rate of 4
Hz using Labview and filed on a personal computer.
More details on the setup and operating procedures may
be found elsewhere.33

3.2. Materials. Technical-grade carbon dioxide (99.9%
purity) was purchased from PanGas (Schlieren, Swit-
zerland) and used without further purification. Toluene
(analytical grade, 99.7% purity) was purchased from
Fluka (Buchs, Switzerland) and used without further
purification.

3.3. Experimental Procedure. A batch of organic
solvent was loaded into the pressure vessel, and feeding
of carbon dioxide was initiated as soon as the vessel
temperature and the desired flow rate were sufficiently
stable. The constant feed flow rate was maintained until
the vessel was filled almost completely with the ex-
panded liquid phase. After full expansion, the carbon
dioxide feed was stopped and stirring continued for 30
min, before discharge of the vessel. During the experi-
ment, the pressure and temperature in the vessel are
continuously monitored.

4. Results and Discussion

An example of pressure buildup and temperature
evolution in a typical pressurization experiment is
shown in Figure 6. Pressure increases with time until,

Figure 5. Schematic representation of the reactor and stirrer
geometries. A stirrer with two six-bladed 45°-pitched paddles was
used in the experiments. d ) TV/2 (diameter-to-tar ratio), C ) TV/5
(off-bottom clearance), and B ) TV/12 (baffle-to-tar ratio). Dimen-
sions in the figure are given in millimeters.

Figure 6. Temporal evolution of pressure and temperature in
the mixing vessel. Operating conditions: QA ) 10 g/min; Tset )
293.15 K; 50 g of toluene loaded initially; N ) 100 rpm. Carbon
dioxide addition is completed at the time corresponding to point
A.
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at point A in the figure, the liquid phase has nearly
filled the vessel and CO2 addition is stopped. Afterward,
the two-phase system relaxes to thermodynamic equi-
librium, which corresponds to a lower overall pressure
in the vessel. The difference between the maximum
pressure at point A and the equilibrium pressure is
significant (up to almost 10%), thus indicating that
mass-transfer resistance is nonnegligible during the
experiment, as is observed in the discussion of Figure
3. The temperature inside the vessel is controlled within
a few tenths of a degree, but when the addition of CO2
is initiated or terminated, we have a perturbation of up
to (2.5 °C. Hence, the assumption of isothermality is
justified for modeling purposes.

A series of experiments such as the one illustrated in
Figure 6 was carried out by changing a few key
operating parameters, i.e., the impeller rotational speed,
the specific antisolvent addition rate, QA/VL,0, and, most
importantly, the mode of aeration. A summary of the
experimental operating conditions is compiled in Table
2, indicating that the specific antisolvent addition rate
and the impeller rotational speed have been varied
between 0.125 and 0.400 min-1 and from 100 to 1000
rpm, respectively.

The experimental data are used to evaluate the effect
of the operating conditions on the mass-transfer ef-
ficiency and to estimate the parameters appearing in
the proposed correlations for the volumetric mass-
transfer coefficients, i.e., eqs 24 and 25.

4.1. Effect of Operating Conditions on the Mass-
Transfer Efficiency. Stirring Rate. Let us first focus
on the effect of the stirring rate. This is illustrated in
Figure 7 for bubbling aeration, and in Figure 8 for
surface aeration, with values of the specific addition rate
of 0.125 and 0.200 min-1, respectively. At time t ) 0,
the addition of gaseous antisolvent is initiated and the
pressure starts to rise rather sharply. The evolution of
the pressure with time flattens in the vapor-liquid
coexistence region, i.e., above an experimental run time

of about 400 s in Figure 7 and of about 600 s in Figure
8. As has been mentioned above, feeding of the antisol-
vent was continued until the vessel was nearly com-
pletely filled with liquid, thus avoiding the situation
where a single liquid phase remains in the vessel. It
should be noted that, except Figure 6, the subsequent
figures presented in this section show only the pres-
surization stage and not the following relaxation to
equilibrium.

It is readily observed in the two figures that the
pressure buildup rate depends on the stirring rate under
otherwise identical operating conditions, i.e., at constant
specific antisolvent addition rate, QA/VL,0, and constant
temperature. Higher pressures are observed at decreas-
ing impeller rotational speeds at identical antisolvent
holdups in the system, i.e., at a given run time t. With
reference to Figure 7, the pressure difference between
runs with N ) 100 and 1000 reaches values of around
5 bar (roughly 10% of the equilibrium pressure).

Hence, as expected, increasing the agitation rate
favors the solubilization of the antisolvent in the liquid
phase, or in other words, the mass-transfer resistance
decreases when the stirring speed increases. It can be
readily observed in the figures, particularly in Figure
7, that the pressure-time curves become progressively
closer above a certain stirring rate, e.g., 300 rpm in
Figure 7. Identifying such a critical stirring rate is of
importance to make a sensible choice of its operating
value.

Specific Antisolvent Addition Rate. Let us now
consider the effect of the specific antisolvent addition
rate, QA/VL,0, on the mass-transfer efficiency in the case
of bubbling aeration, as illustrated in Figure 9. These
experiments were carried out at a constant rate of
agitation, i.e., N ) 300 rpm. Because the absolute time
required to complete an experiment depends on the
specific antisolvent addition rate, the run time had to
be normalized in Figure 9 in order to facilitate the
comparison of the three experiments carried out at
different addition rates. It can be readily observed that
a slower pressure buildup rate, i.e., better mass transfer,
is achieved at lower specific addition rates. However,
the effect is rather small as compared to that of the
stirring rate. Such an effect is even smaller, practically
negligible, in the case of surface aeration.

Aeration Mode. Finally, the two modes of aeration
investigated in this work are compared in Figure 10.
The two pairs of experiments shown here were carried

Figure 7. Evolution of pressure in the vessel at different stirring
rates as a function of time. Operating conditions: bubbling
aeration; T ) 293.15 K; QA/VL,0 ) 0.125 min-1.

Table 2. Operating Conditions in the Pressurization
Experiments. All Experiments Have Been Carried out at
T ) 293.15 K

aeration mode QA/VL,0 [min-1] N [rpm]

bubbling 0.125 100/300/1000
bubbling 0.200 100/300/500/1000
bubbling 0.400 100/300/500/1000
surface 0.200 100/300/500/1000
surface 0.400 300/500/1000

Figure 8. Evolution of pressure in the vessel at different stirring
rates as a function of time. Operating conditions: surface aeration;
T ) 293.15 K; QA/VL,0 ) 0.200 min-1.
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out at a stirring rate of 300 rpm and specific antisolvent
addition rates of 0.200 and 0.400 min-1, respectively.
At both addition rate levels, the same qualitative
behavior is observed, which is characterized by a rather
similar performance of the two aeration modes at the
beginning of the experiments, and an increasingly
divergent behavior of the two pressure curves from
about one-third of the time during the expansion experi-
ment on. Recalling that higher pressure values indicate
slower mass transfer, both aeration modes exhibit a
rather similar behavior at very low volume expansion,
whereas bubbling aeration allows for better mass trans-
fer than surface aeration during the remainder of the
experiment. Although very similar in this regard, parts
a and b of Figure 10 indicate that at higher specific
addition rates the differences in the second part of the
expansion are more marked.

We speculate that such behavior is related to the
liquid volume expansion. In the case of surface aeration,
the depth of the impeller from the liquid surface
increases during expansion, thus worsening mass trans-
fer as shown experimentally in the literature.22 In the
case of bubbling aeration, the distance between the
bubbling point, i.e., the outlet of the dip tube that is
fixed, and the liquid surface increases. However, in this
case such an effect can be beneficial because the time
of ascent of the bubbles to the vapor phase increases,
enhancing the contact time for mass exchange between
bubbles and the liquid mixture.

These considerations lead to the conclusion that
volume expansion has a quantitatively different effect
in the two aeration modes, which explains the quantita-
tive behavior illustrated in Figure 10. These experi-
mental observations demonstrate that dispersing the
antisolvent in the liquid phase is more effective than
surface aeration in terms of mass-transfer characteris-
tics in the GAS recrystallization process.

4.2. Parameter Estimation. All of the experiments
reported in Table 2 have been used to estimate the
model parameters, i.e., the parameters c1-c3 in eq 24
for surface aeration and c1-c4 in eq 25 for bubbling
aeration. The model presented in section 2 was used to
simulate the pressurization experiments. The param-
eter values were chosen so as to provide the best fit of
the experimental pressure profiles, the only physical
variable that is easily monitored during the experi-
ments. To this aim, the following multidimensional
minimization problem has been solved:

where the index i refers to the individual experiment
and j is a time index. It is worth noting that the vector
of parameters, c, is three-dimensional for surface aera-
tion and four-dimensional for bubbling aeration. The
parameter values obtained by solving problem (33) are
reported in Table 3. The pressurization profiles calcu-
lated using the same parameters for all experiments
illustrated in Figures 7-10 are also drawn in the same
figures and can be directly compared with the experi-
mental results.

Clearly, the agreement between model results and
experiments is satisfactory not only qualitatively but
also quantitatively. It was already observed in Figures
7 and 8 that surface aeration is more sensitive to the
stirring rate than bubbling aeration. This is predicted
well by the model, as reflected by the value of the
exponent of the term accounting for the power input,
c2, in the two cases. The c2 value for surface aeration is
3 times greater than c2 for bubbling aeration. Similarly,

Figure 9. Evolution of pressure in the vessel at different specific
antisolvent addition rates as a function of normalized time.
Operating conditions: bubbling aeration; T ) 293.15 K; N ) 300
rpm. The values of tmax for the different curves are (O) 736 s, (3)
1410 s, and (0) 1425 s.

Figure 10. Evolution of pressure in the vessel under different aeration modes during pressurization. Operating conditions: T ) 293.15
K; N ) 300 rpm; (a) QA/VL,0 ) 0.200 min-1; (b) QA/VL,0 ) 0.400 min-1.

Table 3. Best Fit Parameters To Be Used in Equations 24
and 25

surface aeration bubbling aeration

c1 7.746 × 10-8 c1 3.980 × 10-6

c2 0.8445 c2 0.291
c3 -3.4 c3 -2.165

c4 0.078

min
(c)

{F ) ∑
i
∑

j

(pi,j
cal - pi,j

exp)2} (33)
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the exponent of the addition rate dependent group in
eq 25, i.e., c4, is significantly smaller than c2, which is
consistent with the experimental observation that the
effect of such a variable is minor (see Figure 9).

As illustrated in Figure 10, the mass-transfer cor-
relations are able to predict the difference between the
two aeration modes remarkably well. As already ob-
served, the mass-transfer coefficient decreases faster

during volume expansion in the case of surface aeration.
This is already evident when looking at the values of
the c3 exponent in Table 3 for the two feeding modes.
Using the model, the time evolution of the kLa value
during a pressurization experiment can be determined.
This is plotted in Figure 11 for the two simulations
illustrated in Figure 10a. It is readily observed that this
value decreases by 2 orders of magnitude for surface
aeration, whereas it decreases by only 1 order of
magnitude in the case of bubbling aeration. The value
of kLa at the start of the experiments is significantly
larger for bubbling aeration, thus confirming that
overall this aeration mode is preferred.

On the basis of the satisfactory agreement between
model results and experimental data, the model param-
eters were used to analyze in greater depth the dynam-
ics of the expansion process and the effect of the
operating parameters. This is illustrated in Figure 12
through the results of the simulations corresponding to
the three experimental runs presented in Figure 7,
where the effect of changing the stirring rate is studied
in the case of bubbling aeration and the pressure
evolution in time is shown. In Figure 12, we plot the
time evolution of the volumetric mass-transfer coef-
ficient kLa, as well as that of the liquid volume, of the
antisolvent liquid mole fraction and of the antisolvent
mass-transfer flux. The pressure profile in Figure 7 as
well as the latter three curves in parts b-d of Figure
12 exhibits a similar behavior to that observed in the

Figure 11. Evolution of kLa with respect to time under different
aeration modes during pressurization. Surface and bubbling
aeration are represented by the dashed and solid lines, respec-
tively. Operating conditions: T ) 293.15 K; N ) 300 rpm;
QA/VL,0 ) 0.200 min-1.

Figure 12. Effect of the stirring rate on process dynamics for bubbling aeration. The equilibrium model results are represented by the
dashed lines. Operating conditions: QA ) 10 g/min; Tset ) 293.15 K; 80 g of toluene loaded initially, i.e., QA/VL,0 ) 0.125 min-1. (a)
Volumetric mass-transfer coefficient, kLa; (b) liquid-phase volume, VL; (c) antisolvent mole fraction in the liquid phase, xA; (d) absolute
value of the antisolvent mass-transfer flux, |nA|.
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corresponding parts a-d of Figure 3, calculated assum-
ing a constant value of the parameter kLa. The only
notable difference is a slight increase of the divergence
between the curves during the final part of the expan-
sion, particularly in the case of the pressure profile. This
is due to the fact that the volumetric mass-transfer
coefficient kLa is nonconstant during expansion, as is
readily observed in Figure 11. This parameter exhibits
an almost 10-fold reduction from the beginning to the
end of the pressurization.

5. Conclusions
In this paper, we report complementary experimental

and theoretical investigations of the critical mass-
transfer step between the vapor phase and the expand-
ing liquid phase in the GAS recrystallization process.
The results have contributed to a better fundamental
understanding of such a complex step of the GAS
process.

From an experimental viewpoint, we have considered
the expansion of toluene by carbon dioxide and we have
studied the effect of operating parameters such as
carbon dioxide addition rate, stirring rate, and aeration
mode. This has allowed for the quantitative assessment
of these effects and has demonstrated that the bubbling
aeration mode leads to higher mass-transfer rates than
surface aeration. Because it is well-known that in the
GAS recrystallization process the particle formation
process can be controlled by tuning the antisolvent
addition rate, i.e., the rate at which the antisolvent is
solubilized in the liquid solution containing the solute
to be precipitated, our results are of great practical
relevance for GAS recrystallization operation.

We have also developed the first detailed model of the
initial (and crucial) mass-transfer step during the GAS
recrystallization process. The model accounts for two-
way mass transfer of solvent and antisolvent as well as
for the nonideal behavior of the liquid and vapor phases
as a function of their composition. Mass transfer is
described based on the two-film theory, whereby the key
parameter controlling the transfer rate is the liquid-
side volumetric mass-transfer coefficient kLa. Its de-
pendence on stirring conditions, vessel geometry, liquid-
phase physical properties, and volume expansion is
accounted for through state-of-the-art correlations, whose
parameters are obtained by fitting the experimental
results. The obtained results indicate that under real-
istic GAS process operating conditions the assumption
of instantaneous equilibration between the liquid and
vapor phases upon antisolvent addition is reasonable,
at least in the case of the toluene/carbon dioxide
system.13 It is worth noting that the model developed
here is a macroscopic model, describing the whole GAS
process, i.e., including mass transfer through the liquid-
vapor interface created by mechanical agitation. These
two aspects are lumped into the volumetric mass-
transfer coefficient mentioned above, whose variation
during the expansion process as a function of the process
parameters allows for a satisfactory description of the
expansion process under all conditions investigated. In
contrast, the model developed previously by Werling and
Debenedetti represents a microscopic description of the
mass transer between an already formed solvent droplet
and the surrounding dense gas phase.15 While it is clear
that the two approaches are different, the results are
compatible and complementary.

More specifically, the correlations that have been
developed herein through theoretical considerations and

fitting of the experimental data may be used to calculate
the flux of antisolvent from the gas into the liquid phase
under evolving operating parameters typical for the
GAS process. This represents a first step toward a
complete nonequilibrium model for GAS recrystalliza-
tion and may be used in conjunction with the particle
formation model presented elsewhere13 to study the
effect of mass-transfer limitations on product quality.
In fact, the evolution of the liquid-phase molar volume
and the molar flux of the antisolvent that are calculated
as described herein may be used as input for the particle
formation model. The latter provides detailed informa-
tion about the particle formation and growth dynamics,
as well as on the particle size distribution of the final
product, and can be a rather effective tool to tailor
product properties to application needs.
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Notation

a ) parameter in the PR-EOS [J‚m3/mol2]
a ) interfacial area per unit volume [m-1]
A ) interfacial area [m2]
b ) parameter in the PR-EOS [m3/mol]
B ) baffle thickness [m]
c1-c4 ) parameter in the mass-transfer correlation
cR ) total concentration in the R phase [mol/m3]
ci ) molar concentration of component i in the liquid phase,

ci ) xi/vL [mol/m3]
C ) off-bottom clearance of the stirrer [m]
d ) agitator diameter [m]
DR ) diffusion coefficient in the R phase [m/s]
D ) diffusion coefficient of the solute in the liquid phase

[m/s]
fi,R ) fugacity of component i in the R phase [N/m2]
g ) gravitational acceleration [m2/s]
H ) total height of the vessel [m]
HL ) height of the liquid phase (from the bottom of the

vessel) [m]
kij ) interaction parameter in the PR-EOS
kL ) liquid-side mass-transfer coefficient [m/s]
kL
/ ) liquid-side mass-transfer coefficient at high mass-
transfer rates [m/s]

kV ) gas-side mass-transfer coefficient [m/s]
kV
/ ) gas-side mass-transfer coefficient at high mass-
transfer rates [m/s]

lij ) interaction parameter in the PR-EOS
ni ) molar flux of component i [mol/(m2‚s)]
N ) agitator speed [rps]
NR ) molar holdup in the R phase [mol]
p ) pressure [N/m2]
P ) power input [kW]
qG ) gassing rate [m3/s]
Qi ) molar flow rate of component i [mol/s]
R ) universal gas constant, R ) 8.3144 J/(mol‚K)

[J/(mol‚K)]
Re ) Reynolds number
ReΘ ) critical Reynolds number at angle Θ
t ) time [s]
T ) temperature [K]
TV ) vessel diameter [m]
vR ) molar volume of the R phase [m3/mol]
V ) volume of the precipitator [m3]
VR ) volume of phase R [m3]
wi,R ) mass fraction of component i in the R phase
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W ) width of the agitator blades [m]
xi ) mole fraction of component i in the (bulk) liquid phase
xi

i ) mole fraction of component i in the liquid phase at
the interface

yi ) mole fraction of component i in the (bulk) vapor phase
yi

i ) mole fraction of component i in the vapor phase at the
interface

zi,R ) mole fraction of component i in the R phase

Greek Symbols

R ) parameter in the PR-EOS, R ) R(T)
â ) parameter in the PR-EOS
δL ) liquid film thickness [m]
δV ) gas film thickness [m]
ηR ) dynamic viscosity of the R phase [Pa‚s]
νR ) kinematic viscosity of the R phase [m2/s]
FR ) density of the R phase [kg/m3]
æi,R ) fugacity coefficient of component i in the R phase
ω ) Pitzer acentric factor

Subscripts and Superscripts

0 ) reference or initial state
A ) antisolvent
c ) critical parameter
cal ) calculated
exp ) experimental
i, j, k ) running parameters
i ) interface
L ) liquid phase
max ) maximum value
S ) solvent
V ) vapor phase
R ) phase R
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